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Predicting axial pressure profile of a CFB
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bstract

The numerical simulation of CFBs is an important tool in the prediction of its flow behavior. Predicting the axial pressure profile is one of the
ajor difficulties in modeling a CFB. A model using a Particle Based Approach (PBA) is developed to accurately predict the axial pressure profile

n CFBs. The simulation model accounts for the axial and radial distribution of voidage and velocity of the gas and solid phases, and for the solids
olume fraction and particle size distribution of the solid phase. The model results are compared with and validated against atmospheric cold
FB experimental literature data. Ranges of experimental data used in comparisons are as follows: bed diameter from 0.05 to 0.305 m, bed height
etween 5 and 15.45 m, mean particle diameter from 76 to 812 �m, particle density from 189 to 2600 kg/m3, solid circulation fluxes from 10.03
o 489 kg/m2 s and gas superficial velocities from 2.71 to 10.68 m/s. The computational results agreed reasonably well with the experimental data.
oreover, both experimental data and model predictions show that the pressure drop profile is affected by the solid circulation flux and superficial
elocity values in the riser. The pressure drop increases along the acceleration region as solid circulation flux increases and superficial velocity
ecreases.

2007 Elsevier B.V. All rights reserved.
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. Introduction

Circulating fluidized beds (CFBs) have found a wide range
f applications in various industries and thus the hydrodynamics
f CFBs have become a major concern of interest to provide a
eneral understanding for the design and operation principles.

It is a well known fact that the pressure drop profile along
he riser is strongly dependent on the gas–solid behavior. Many
xperimental and theoretical studies in the field of pressure pro-
le in CFBs are available in the literature [1–16].

According to the axial solid volume concentration profile,
he riser is axially divided into two different zones: The bottom
one and the upper zone. In contrast to the upper zone, only
ew studies deal with the flow structure in the bottom zone of
CFB. Svensson et al. [4] investigated the bottom zone in the
halmers CFB boiler using pressure measurements. Rhodes et

l. [5] found that the core–annulus structure of the upper zone is
xtended into the bottom zone. According to Schlichthaerle and
erther [7] study, a higher solids concentration at the wall and
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lower concentration in the center of the riser were found. The
omparison with the axial pressure profile indicates the presence
f strong local acceleration effects in the bottom zone.

Numerous studies on CFB riser regimes are available in the
iterature [17–24]. The motion of solids in vertical gas/particle
ow is very complex. According to Yerushalmi et al. [17], the

ransport velocity is defined as the velocity at which it is pos-
ible to carry all of the solids fed into the riser out again, and
hus it is impossible to maintain a fluidized bed without con-
inuous recycle of solids back into the fluid bed. This is the
ritical gas velocity defining the transition between turbulent
nd fast fluidization flow regimes. A qualitative fluidization
ap is initially proposed by Yerushalmi et al. [17] and, later

ompleted by Van de Velden et al. [18]. The occurrence of
oth mixed flow, required in most gas/solid reactions, and plug
ow, required for most catalytic gas phase reactions, is strongly
ependent upon combined operational parameters of gas super-
cial velocity and solids circulation rate. The gas mixing mode

s strongly affected by the operating conditions, however with a

pecific dominant mode within a specific (U0, G) range. At high
elocities (U0 > approximately (Utr + 1) m/s) and high solids cir-
ulation rate (G > approximately 200 kg/m2 s) plug (dominant
ore) flow is achieved. Mixing occurs at lower G or lower U0.

mailto:afsingungor@hotmail.com
dx.doi.org/10.1016/j.cej.2007.11.023
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Nomenclature

Ar Archimedes number ([d3
p (ρ − C)Cg]/μ2)

C gas concentration (kg/m3)
CD drag coefficient
dp mean particle diameter (m)
dpi particle dimension interval (m)
D riser diameter (m)
Db bubble diameter (m)
g gravity (m/s2)
G solids mass flux (kg/m2 s)
G(ε) solid stress modulus (N/m2)
G∞ the rate of elutriation above transfer disengaging

height (kg/m2 s)
h height above the distributor (m)
hbot bottom zone height (m)
ka attrition constant
MW molecular weight (kg/kmol)
P pressure (kPa)
r radial distance from riser axis (m)
R riser radius (m)
Ru universal gas constant (kJ/kmol K)
Re Reynolds number
u gas velocity (m/s)
ub bubble rise velocity (m/s)
U0 superficial gas velocity (m/s)
Umf minimum fluidization velocity (m/s)
Utr transport velocity (m)
v particle velocity (m/s)
xa weight fraction of particles after attrition in dpi

interval

Subscripts
mf minimum fluidization
p particle

Greek letters
α decay coefficient
β gas–solid friction coefficient
β′ constant defined in Eq. (8)
ε void fraction
εb bubble volume fraction
ε̄ average void fraction
μ viscosity (Pa s)
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ρ particle density (kg/m3)
τ shear stress (N/m2)

hen mixing occurs, the hydrodynamics of the riser can be
odeled by a core/annulus approach [19]. In the mixing mode,
dilute region with rapidly rising particles exists in the core of

he riser. This core is surrounded by a denser annulus of parti-
les descending near the wall. In plug flow mode, most of the

articles move upwards, and downward particles are randomly
istributed across the section of the riser. At ambient condi-
ions, reactors requiring pure plug flow must operate at high gas
elocities (U0 > approximately (Utr + 1) m/s) and high solids cir-
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ulation rate (G > approximately 200 kg/m2 s). If back-mixing
s required, as in gas/solid reactors, operation at high enough
elocities (U0 > approximately (Utr + 1) m/s) but at lower val-
es of solids circulation rate (G < approximately 150 kg/m2 s) is
ecommended and the operating mode can be described by the
ore/annulus approach [18,20].

When the gas passes through the bottom zone, some of the
articles are entrained with the gas to the upper zone. A part of
hese entrained particles becomes decelerated and return back
o the bottom zone which is caused by the effect of particles
ouncing against the top of the riser, while the rest of parti-
les are accelerated to the fully developed zone (the base of
he upper zone is called the acceleration zone). Pugsley and
erruti [3] showed that the acceleration effects are also signif-

cant in the acceleration zone and it is imperative that solids
cceleration effects be considered in the modeling of the axial
ow structure. Gungor and Eskin [16] detailed 2D hydrody-
amic model demonstrated that at the bottom of the upper zone,
n the core region, the acceleration pressure drop component
f the total pressure drop changes from 0.65 to 0.28% from the
iser center to the core–annulus interface, respectively. The same
tudy also indicates that within the annulus region, the accelera-
ion component of the total pressure drop changes from 0.22 to
.11% radially from the core–annulus interface to the riser wall.
einstein and Li [25] estimated the contribution of the particle

cceleration component of pressure drop along the acceleration
one to be as much as 40%.

Gungor and Eskin [16] show that even though presented lit-
rature models satisfactorily predict the pressure drop in the
ully developed zone of the riser, comparison of both models
sing the cluster-based approach (CBA) (which considers all the
olids is moving as clusters) [13,14] and using the particle-based
pproach (PBA) (which considers the motion of single parti-
les through fluids) [3,9,16] and experimental data show some
iscrepancies on the pressure drop profile in the acceleration
egion.

This situation is caused by the fact that the solids are accel-
rated to an upward velocity, and there is a very large voidage
radient at the base of the upper zone. Therefore, the pressure
rop changes considerably within a very short distance. The
ressure fluctuations due to the highly turbulent flow in this
egion also contribute to the poor predictions of the model for
ransient behavior. Another reason of the deviation could be the
act that the correlations employed in the model for evaluating
he voidage have not been adequate for the acceleration zone
specially at high solids circulation fluxes. These are the main
easons why both PBA and CBA seem to fail in the precise
xplanation of the hydrodynamics of the acceleration zone.

With respect to reactions, heat transfer and solid handling in
he CFBs, the acceleration zone is of particular importance. The
easons are the relatively higher solids holdup and its strong vari-
tion along this zone when compared with the fully developed
one. The hydrodynamics of the acceleration zone is a subject
o be studied in more detail and the development of a more accu-

ate model for defining the hydrodynamics of the acceleration
one seems to be extremely important both for research and
pplications.
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It has also been found that the contribution of gas and solids
riction components is negligibly small when compared to the
cceleration and solids hydrodynamic head components of the
otal pressure drop [16].

Predicting the axial pressure profile along the riser is one
f the major difficulties in modeling the CFB. This profile is
n important characteristic of the CFB and a key parameter in
ts design. An accurate model is needed to predict the pres-
ure profiles. In this study, a model using PBA is developed to
ccurately predict the axial pressure drop profile especially in
he acceleration zone of CFBs. The simulation model takes into
ccount the axial and radial distribution of voidage and the veloc-
ty for gas and solid phase, and the solids volume fraction and
article size distribution for the solid phase. The model results
re compared with and validated against atmospheric cold CFB
xperimental literature data [1–3,8,10,14]. Ranges of experi-
ental data used in comparisons are as follows: bed diameter

rom 0.05 to 0.305 m, bed height between 5 and 15.45 m, mean
article diameter from 76 to 812 �m, particle density from 189
o 2600 kg/m3, solid circulation fluxes from 10.03 to 489 kg/m2 s
nd gas superficial velocities from 2.71 to 10.68 m/s.

. Model description

The model of this paper uses PBA which considers the two-
imensional motion of single particles through fluids. According
o the axial solid volume concentration profile, the riser is axially
ivided into the bottom zone and the upper zone.

The results of studies of Leckner et al. [26] and Montat and
aggio [27] imply that the particles’ mixing and heat transfer

n the bottom zone dominate the performance of a CFB for the
ombustion of coal. On the other hand, it is not clear whether the
ed is behaving as a bubbling fluidized bed or is in the turbulent
uidization regime. Schlichthaerle and Werther [7] concluded

hat in the core region turbulent fluidization is more probable
hereas the wall region is rather a dense bubbling fluidized bed.
erther and Wein [28] described the expansion behavior of the

urbulent CFB bottom zone by a model that is based on modi-
ed equations which were originally developed for conventional
ubbling fluidized beds.

In the present model, the bottom zone in turbulent fluidiza-
ion regime is modeled as two-phase flow which is subdivided
nto a solid-free bubble phase and a solid-laden emulsion phase.
he bubble rise velocity, the bubble volume fraction and the
uspension porosity are calculated by Horio [29] as follows:

b = V̇b

ub
(1)

˙b = ϕ(U0 − Umf) (ϕ = 1.45Ar−0.18, 102 < Ar < 104) (2)

b = V̇b + γ
√

gDb (3)
γ

0.71
=

⎧⎪⎨
⎪⎩

0.63 (D < 0.1 m)

2.0
√

D (0.1 m < D ≤ 1.0 m)

2.0 (1.0 m < D)

(4)

2
s
s
a
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here Db is the bubble diameter [30] and Umf is the minimum
uidization velocity [31]. The structure and details of the bottom
one are given in the previous study [16].

The upper zone is located between the bottom zone and the
iser exit. The upper zone is assumed to be axially composed
f three zones: (i) the acceleration zone is at the bottom part of
he upper region, (ii) the fully developed zone is located above
he acceleration zone, where the flow characteristics are invari-
nt with height, (iii) the deceleration zone is located above the
ully developed zone, where the solids are decelerated depend-
ng on the exit geometry of the riser. For the upper zone, the
ore–annulus flow structure is used [10]. The particles move
pward in the core and downward in the annulus. Werther and
ein [28] proposed a correlation which is further confirmed

y data from large-scale CFBs. This correlation is used for the
alculation of the thickness of the annulus along the riser height.

The model adopts the following simple expressions for the
xial profile of the solid fraction along the upper zone. This
xpression is equivalent to Zenz and Weil [32], and further con-
rmed by Wein [33] and Bai and Kato [34] for U0 = 0.8–9 m/s,
= 4–220 kg/m2 s, dp = 49–280 �m, ρ = 706–4510 kg/m3.

ε − εmf

1 − ε
= exp[α(h − hbot)] (5)

here α, the decay coefficient, is a parameter to express the
xponential decrease of the solid flux or solid fraction with the
eight and determined by the following relationship fitted by
heng and Xiaolong [35] with experimental data:

dp = 3.8 × 10−5
(

G∞
U0ρ

)−0.96(
U0√
gD

)−0.84(
ρ − C

ρ

)0.37

(6)

q. (6) reflects the relationship between the decay coefficient,
as/solid properties, flow parameters and particle size. The rate
f elutriation above transfer disengaging height, G∞, is calcu-
ated in the model as follows [36]:

∞ = 0.046 × C(U0 − Ut)Re0.3 U0 − Ut√
gdp

(
ρ − C

ρ

)0.15

(7)

here Re = ρ × U0 × D/μ and ρ is the particle density. It must
e noted that Eqs. (1)–(7) should be used to initiate the flow field
n the computational domain.

To calculate the cross-sectional average solids concentration,
he relationship suggested by Rhodes et al. [37] is used in the
odel as:

εp

ε̄p
= 1 − β′

2
+ β′

( r

R

)2
(8)

here the value of β′ falls in the range 1.3 ≤ β′ ≤ 1.9. The
olids used in the experimental data of Rhodes et al. [37] are
CC catalyst of mean diameter 74.9 �m and particle density of

456 kg/m3 in a bed of diameter ranging from 0.15 to 0.30 m,
olid circulation fluxes ranging from 2 to 111 kg/m2 s and gas
uperficial velocities ranging from 3 to 5 m/s. β′ value is taken
s 1.845 in the model calculations.



A. Gungor / Chemical Engineering Journal 140 (2008) 448–456 451

Table 1
The conservation of mass and momentum equations and the constitutive relations used in this study

Gas phase Solid phase

Continuity equation
∂(Cε)

∂t
+ ∂(Cuε)

∂r
+ ∂(Cuε)

∂z
= 0

∂(ρεp)
∂t

+ ∂(ρvεp)
∂r

+ ∂(ρvεp)
∂z

= 0

Momentum equation
∂(Cuε)

∂t
+ ∂(Cuεu)

∂r
= − ∂(Pε)

∂r
− ∂(τrrε)

∂r
− ∂(τrzε)

∂z
− β(u − v)

∂(ρvεp)
∂t

+ ∂(ρvεpv)
∂r

= − ∂(τrrεp)
∂r

− ∂(τrzεp)
∂z

+ β(u − v) − ∂(G(ε)εp)
∂r

∂(Cuε)
∂t

+ ∂(Cuεu)
∂z

= − ∂(Pε)
∂z

− ∂(τzzε)
∂z

− ∂(τzrε)
∂r

− β(u − v)
∂(ρvεp)

∂t
+ ∂(ρvεpv)

∂z
= − ∂(τzzεp)

∂z
− ∂(τzrεp)

∂r
+ β(u − v) − ∂(G(ε)εp)

∂z
+ ρgεp

τrr = 2μ ∂u
∂r

− 2
3 μ

(
∂u
∂r

+ ∂u
∂z

)
τrr = 2μp

∂v
∂r

− 2
3 μp

(
∂v
∂r

+ ∂v
∂z

)
τzz = 2μ ∂u

∂z
− 2

3 μ
(

∂u
∂z

+ ∂u
∂r

)
τzz = 2μp

∂v
∂z

− 2
3 μp

(
∂v
∂z

+ ∂v
∂r

)
τrz = τzr = μ

(
∂u
∂z

+ ∂u
∂r

)
τrz = τzr = μp

(
∂v
∂z

+ ∂v
∂r

)
Ideal gas equation: C = MWair

Ru
P
T

; MWair = 28.85 kg/kmol Solids stress modulus [41]; G(ε) = ∂τ
∂(1−ε) = 10−8.76ε+5.43

Solid-phase shear viscosity [41]; μp = 5
96 ρdp
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as–solid friction coefficient [42]; β = 3
4 CD

Cε(1−ε)
ε2.65

1
dp

|u − v|

In a conventional fluidized bed, the pressure drop through the
ed is just equal to the weight of the solids in the bed. Pugsley and
erruti [3] stated that the total pressure drop per unit length along

he riser is assumed to be comprised of four main components:

dP

dz

)
total

=
(

dP

dz

)
s
+

(
dP

dz

)
acc

+
(

dP

dz

)
fs

+
(

dP

dz

)
fg

(9)

here (dP/dz)s is the pressure drop due to the hydrodynamic
ead of solids, (dP/dz)acc is the pressure drop due to solids accel-
ration and (dP/dz)fs and (dP/dz)fg are the pressure drops due to
olids and gas frictions, respectively.

The pressure drop through the bottom zone is equal to the
eight of the solids in this region and considered only in axial
irection. Again in the upper zone, the pressure drop, in the axial
irection due to the hydrodynamic head of solids is considered
hile pressure drop due to the solids acceleration is considered in

xial and radial directions, the model calculates the acceleration
omponent of pressure drop as follows:

Pacc = 1
2ρ∇(v2εp) (10)

The solids friction and the gas friction components of the
ressure drop are considered in the model as boundary con-
itions in momentum equations for the solid and gas phases,
espectively. The solids friction is defined as the frictional force
etween the solids and the wall, while the gas friction is the
rictional force between the gas and the wall.

The properties and the size distribution of particles have sig-
ificant influence on the hydrodynamics, hence the model also
onsiders the particle size distribution and the attrition phenom-
na. The particles in the bottom zone include particles coming
rom the solid feed and recirculated particles from the separator.
he particles are discritized into 10 groups. The Sauter mean
iameter is adopted as the average particle size.

In the model, it is considered that the particles undergo attri-

ion while moving in the riser. In the fluidized beds, particle
ttrition takes place by surface abrasion, i.e. particles of a much
maller break away from the original particle. The created par-
icles are fine with a mean diameter of 0.05–0.1 mm or smaller.

a
u
a
T

CD = 24
Rep

(1 + 0.15Re0.687
p ); Rep < 1000

CD = 0.44; Rep ≥ 1000

he upper limit size of the fines produced is in the range of
0–100 �m [38,39]. Weight fraction of particles after attrition
s considered as follows:

a = ka(u − v)

dpi
(11)

here ka is the attrition constant and is obtained varying in the
ange 2 to 7 × 10−7 [40]. The attrition constant value is taken as
× 10−7 in both bottom zone and upper zone in the model. The
articles are considered to be spherical. The gas phase is mod-
led as only flowing upward, backmixing of gas is neglected.
he conservation of mass and momentum equations and the
onstitutive relations used in the model are given in Table 1.

. Numerical solution

Realistic numerical simulations prove very helpful for the
nalysis of CFB. Some of the most sophisticated models are
ased on an advanced computational technique that integrates
he discrete element (or particle) method (DEM [43] or DPM
44]) for the solid phase with a CFD algorithm for the fluid
hase [14]. Such an approach makes available a series of pow-
rful tools, not available with classical techniques, capable of
redicting the core–annulus flow structure, etc. The positions
nd velocities are calculated for each particle in the system from
he forces acting on that particle through integration of Newton’s
econd law of motion and a CFD algorithm (i.e. finite volume
pproach to solve the continuity and momentum balance equa-
ions) is implemented for solving the pressure, velocity, density
nd voidage fields throughout the system.

The set of differential equations governing mass and momen-
um for the gas and solid phases are solved using an IBM-PC-
MD processor (CPU speed is 2800 MHz) with a computer code
eveloped by the author [45] in FORTRAN language where the
ime step is 10−6 s. In these equations, the dependent variables

re the vertical and the horizontal components of the solid vol-
me fraction, the gas pressure, the gas concentration, the vertical
nd the horizontal velocity components of the gas and solids.
he void fraction is calculated for all control volumes. The
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overning continuity and momentum equations for gas and solid
hases at each region given in previous study [16], are used in the
terative calculation of the velocity profiles through the calcula-
ion domain simultaneously at each time step. The Gauss–Seidel

i
s
i
o

Fig. 1. Flow chart of the numerica
Journal 140 (2008) 448–456
teration method is used for solution procedure which contains
uccessful relaxation method. The backward-difference method
s used the discretization of the governing equations. Flow chart
f the numerical solution of the model is shown in Fig. 1.

l solution of the CFB model.
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Table 2
Measurement conditions of the experimental data referred to in this study

Author(s) Particle
type

Bed temperature
T (◦C)

Bed diameter
D (m)

Bed height
H (m)

Superficial velocity
U0 (m/s)

Particle diamete
dp (�m)

Particle density
ρ (kg/m3)

Solid circulation
flux G (kg/m2 s)

Bader et al. [1] FCC 25 0.305 12.2 9.1 76 1714 147

Knowlton [2]
Sand 25 0.2 14.2 4.2 120 2600 50
Sand 25 0.2 14.2 4 175 2145 29
Sand 25 0.2 14.2 5.8 175 2145 29

Pugsley and Berruti
[3]

Sand 25 0.05 5 8.5 208 2580 51.3
Sand 25 0.05 5 8.5 208 2580 240

Benyahia et al. [8] FCC 25 0.2 14.2 5.2 76 1712 489
Smolders and

Baeyens [10]
Sand 25 0.1 6.47 2.71 90 2600 11.1

H
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uang et al. [14]
Cork 25 0.305 15.45
Cork 25 0.305 15.45

The model allows dividing the calculation domain into m × n
ontrol volumes, in the radial and the axial directions and in the
ore and the annulus regions, respectively. In this study the cal-
ulation domain is divided into 10 × 100 control volumes in the
adial and the axial directions and in the core and the annulus
egions, respectively. With the cylindrical system of coordi-
ates, a symmetry boundary condition is assumed at the column
xis.

In this study, there are boundaries consisting of wall bound-
ries and an inflow boundary in the computational space domain.
t the walls, a partial slip condition is assumed for the solid and

he gas phases. Modified Hagen–Poiseuille expression is used
or wall friction factor of the gas phase and Konno’s correlation
s used for the wall friction factor of the solid phase [16].

In terms of the dependent variables in governing equations,
he pressure, the void fraction, the particle size distribution, and
he superficial velocity are assigned at the inlet boundary in the
ottom zone. Other input variables are the bed geometry and the
hysical properties of gas and solids. No particles are allowed
o leave the CFB system. A continuity condition is used for the
as phase at the top of the cyclone. The cyclone is considered
s having 100% collection efficiency. In the model, recirculated
articles from the cyclone are included to the solid feed particles.
oth gas and solid phases are considered isothermal at 298.15 K.

The non-uniform radial distribution of the local particles’
xial velocity is a major flow character in the risers. In the riser,
he overall radial structure in terms of the particle velocity also
hows a core–annulus style where the particles move faster in
he core, slower in the annulus with the highest velocity at the
entre. Normally, the local particle velocity decreases mono-
onically from the centre toward the wall. Because of the large
mount of downflowing particles in a region adjacent to the wall,
he local particle velocity in this region could be negative under
ertain operating conditions, which causes internal circulation
f particles. In the model, it is assumed that the particles move
pward axially and move from core to the annulus region radi-

lly. Because of assuming a partial slip condition for the solid
hase, the particle velocity is determined according to the results
f the momentum equation for the tangential direction along the
all surface.

d
e
f
e

9.1 812 189 12.67
10.68 812 189 10.03

. Results and discussion

In order to determine the validity of the developed model
n terms of axial pressure drop profile along the CFB riser,
he simulation results are compared with test results using the
ame input variables in the tests as the simulation program input
1–3,8,10,14]. The measurement conditions of the experimen-
al data used for the comparison of CFB model are shown in
able 2. The classification of the experimental results in the
U0, G)-dependent mode of the riser flow is given in Table 3. The
ransport velocity of particles is determined by the equation of
i and Grace [24] which is recently verified by the experimental

tudy of Van de Velden et al. [20] as;

etr = dpUtrρg

μ
= 1.53Ar0.50 (12)

Figs. 2 and 3 show the time-averaged axial pressure drop
n the riser compared with experimental data for conditions of
able 2. Generally, the change in the pressure gradient with
eight in CFB riser is small. In the riser, the pressure gradient
s always negative because the gas phase losses pressure head
o accelerate and to suspend the particles. The absolute values
f the pressure gradient decrease monotonically with increasing
istance from the riser entrance and then gradually approach a
onstant value as clearly shown in Figs. 2 and 3. In the model,
alculation of total pressure drop also considers the pressure drop
ue to distributor plate at the primary gas entrance in the bottom
one. The high pressure drop at the bottom zone is due to the
ffect of solid feeding in that zone as clearly seen from Fig. 2b
nd c. The pressure drop then decreased along the height of the
iser due to the decrease in solid concentration. The solid lines
re in fair agreement with experimental data of Figs. 2 and 3.

The parity plots of predicted pressure drop from the proposed
odel against the experimental pressure drop are also included

or each figure. It could be concluded from these plots that the

ata points obtained based on the present model are distributed
venly around and close to the parity line which illustrates the
air agreement between the proposed model predictions and the
xperimental data.
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Table 3
The classification of experimental results in the (U0, G)-dependent mode of riser flow

Author(s) Particle
type

Superficial velocity
U0 (m/s)

Transport velocity
Utr (m/s)

Solid circulation
flux G (kg/m2 s)

Flow regime

Bader et al. [1] FCC 9.1 1.705 147 Regime of core/annulus (mixing) flow

Knowlton [2]
Sand 4.2 2.638 50 Regime of core/annulus (mixing) flow
Sand 4 2.894 29 Regime of core/annulus (mixing) flow
Sand 5.8 2.894 29 Regime of core/annulus (mixing) flow

Pugsley and Berruti [3]
Sand 8.5 3.460 51.3 Regime of core/annulus (mixing) flow
Sand 8.5 3.460 240 Regime of dominant core (plug) flow

Benyahia et al. [8] FCC 5.2 1.704 489 Regime of dominant core (plug) flow
Smolders and Baeyens [10] Sand 2.71 2.285 11.1 Regime of core/annulus (mixing) flow

H
46
46

s
a
T
a
m
i
w

i
o
t
t
I

F

uang et al. [14]
Cork 9.1 1.8
Cork 10.68 1.8

Comparisons of simulation results with experimental ones are
hown in Fig. 4 for the axial pressure profile along the bed height
t two different solids mass flux values: 51.3 and 240 kg/m2 s.
here is a great difference in the axial pressure profiles in the
cceleration regions between the plots for the different solids

ass flux values. This discrepancy can be explained by the dom-

nant effect of pressure drop due to the acceleration in this region
here the difference between the particle and the gas velocities

t
A
i

ig. 2. Comparison of model predictions with: (a) Bader et al. [1], (b) Knowlton [2],
12.67 Regime of core/annulus (mixing) flow
10.03 Regime of core/annulus (mixing) flow

s high. This situation is caused by the fact that in the bottom
f the riser the solids are accelerated to an upward velocity, and
here is a very large voidage gradient in that area. Therefore,
he pressure drop changes greatly within a very short distance.
ncreasing the solids mass flux causes higher pressure drop in

he acceleration region if other parameters are kept unchanged.
s a general comment for Fig. 4, it is observed that the increase

n the pressure drop is mainly caused by the increase of the hold

(c) Benyahia et al. [8] and (d) Smolders and Baeyens [10] experimental data.
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F
d

u
b
t
m
fi
s

F
P

F
K

v
A
m
i
d
a
c
s
d
u

5

p
a

ig. 3. Comparison of model predictions with Huang et al. [14] experimental
ata.

p. Fig. 4 also shows that at high solids flux, acceleration zone
ecomes larger. At these solids mass flux values, the simula-
ions show the same trend as the experiments both in form and
agnitude and this accordance shows the model flexibility. This
gure also indicates that the model which uses the PBA predicts
atisfactorily well at the acceleration zone.

ig. 4. Comparison of model pressure drop profiles along the bed height with
ugsley and Berruti [3] experimental data for different solids mass flux values.

e
s
t
c
T
r
v

R

ig. 5. Comparison of model pressure drop profiles along the bed height with
nowlton [2] experimental data for different superficial velocity values.

The simulations are performed with different superficial gas
elocities: 4 and 5.8 m/s at different axial locations (Fig. 5).
s the figure displays, the numerical results are in good agree-
ent with the experiments, both in form and magnitude. As

t is observed from Fig. 5, variation in the superficial velocity,
oes affect the acceleration region height. This phenomenon is
lso observed in the studies of Sabbaghan et al. [13]. Fig. 5
learly shows that as the superficial velocity decreases, the net
olids flux increases and this situation causes higher pressure
rop in the acceleration region if other parameters are kept
nchanged.

. Conclusions

In this study, a model using PBA is developed to accurately
redict axial pressure drop profile in CFBs. The model results
re compared with and validated against atmospheric cold CFB
xperimental literature data [1–3,8,10,14]. As a result of this
tudy, both the experimental data and the model predictions show
hat the pressure drop profile is affected by the different solid
irculation flux and the superficial velocity values in the riser.
he pressure drop has an increasing trend along the acceleration

egion as the solid circulation flux increases and the superficial
elocity decreases in this region.
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